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a b s t r a c t

This study delves into the optimization of the methanol—vinyl acetate (VAC) azeotrope separation
process via pressure swing distillation (PSD), along with an evaluation of its energy-saving potential.
The methanol—VAC system, a polar azeotrope highly susceptible to pressure variations, presents notable
separation complexities in polyvinyl alcohol production. Aspen Plus simulations were utilized to assess
the feasibility of PSD, with particular emphasis on critical process parameters such as the number of
theoretical plates, feed position, reflux ratio, and sidestream extraction location. The results indicate
that PSD demonstrates remarkable efficacy in separating methanol and VAC, achieving purities of
99.88% and 99.73% respectively. When compared to extractive distillation, PSD achieves a reduction of
9.07 t·h− 1 in steam consumption and minimizes wastewater generation by 20.77 t·h− 1. Furthermore,
the economic assessment reveals a 7.91% decrease in the total annual cost associated with PSD. This
study not only provides theoretical insights but also offers practical guidance for the design of energy-
efficient and sustainable separation processes. Future research will focus on extending the analysis to
encompass multi-pressure scenarios, further enhancing the applicability and robustness of the findings.
© 2025 The Chemical Industry and Engineering Society of China, and Chemical Industry Press Co., Ltd.
All rights are reserved, including those for text and data mining, AI training, and similar technologies.

1. Introduction

Poly(vinyl alcohol) (PVA), a water-soluble polymer with broad
industrial applications, is a critical raw material for polymer
chemistry [1,2]. Over five decades, China has emerged as the
world's leading PVA producer, employing diverse synthesis
pathways such as petroleum-based ethylene, natural gas acety-
lene, and calcium carbide acetylene [3,4]. The primary distinction
among these methods lies in vinyl acetate (VAC) monomer syn-
thesis, with VAC polymerization predominantly conducted via
solution polymerization [5—7]. While industrial processes vary in
detail, they generally involve two key stages: VAC polymerization

and monomer separation/recovery. Methanol, used as a solvent
during polymerization, necessitates strict control of reaction
rates to ensure product quality. However, significant amounts of
unpolymerized VAC remain, requiring energy-intensive separa-
tion and recovery processes that consume large quantities of
methanol [8—11]. This separation step not only directly impacts
product quality but also significantly affects overall production
energy efficiency and economic viability. The methanol—VAC
azeotropic system presents substantial challenges in separation.
Current methods include azeotropic distillation, extractive dis-
tillation (ED), and pressure swing distillation [12]. However,
traditional azeotropic distillation struggles to efficiently separate
this system even with added entrainers. Consequently, in inter-
national industrial production, ED is commonly employed to
handle this system [13,14]. ED has gained widespread acceptance
in the chemical industry due to its operational simplicity and* Corresponding authors.

E-mail addresses: buctlqs@126.com (Q. Li), 20200043@immu.edu.cn (Y. Li).

Contents lists available at ScienceDirect

Chinese Journal of Chemical Engineering

journal homepage: www.elsevier .com/locate/CJChE

https://doi.org/10.1016/j.cjche.2025.06.004
1004-9541/© 2025 The Chemical Industry and Engineering Society of China, and Chemical Industry Press Co., Ltd. All rights are reserved, including those for text and data
mining, AI training, and similar technologies.

Chinese Journal of Chemical Engineering 85 (2025) 167—181



effectiveness in separating azeotropic mixtures [15—17]. The
fundamental principle of this technique involves adding a spe-
cific extractive agent to the azeotropic system, thereby sig-
nificantly enhancing the relative volatility of the components and
enabling effective separation of the azeotrope [18—20]. In prac-
tical industrial applications, ED has been successfully utilized for
the separation of various azeotropic systems, such as
ethanol—water and methanol—acetone. For instance, Li and Bai
[21] proposed a three-column ED process, comprising an ED
column, a solvent recovery column, and a concentrator, for the
separation of the ethanol—water system. By simulating and
optimizing the process using Aspen Plus software, the research-
ers determined the optimal operating parameters, which dem-
onstrated significant energy-saving advantages of the process.
Additionally, Wang et al. [22] developed an ED process using
sulfolane as the extractive agent for the separation of aromatic
and non-aromatic azeotropic systems. By incorporating flash
drums and decanters, the researchers optimized the reboiler heat
load of the solvent recovery column. Compared to the existing
optimal ED process, the newly proposed process achieved an 8.9%
reduction in energy consumption costs. Pressure swing dis-
tillation (PSD) is an advanced technique for azeotropic separation
that leverages changes in pressure to alter the composition and
boiling points of azeotropes, thereby breaking the azeotropic
point and enabling effective component separation. This tech-
nology is particularly suitable for azeotropic systems that are
highly sensitive to pressure changes, especially when a pressure
variation induces a composition change of over 5% in the azeo-
trope. One of the key advantages of PSD is that it does not require
the introduction of a third component, such as an entrainer or
extractive agent. This simplifies the process flow and avoids the
additional energy consumption and product contamination
associated with the use of separation media, making PSD a
promising technique for azeotropic separation. In terms of spe-
cific applications, Yang et al. [23] proposed a three-column PSD
process for the separation of the azeotropic mixture of n-prop-
anol, tetrahydrofuran, and water. To address the high energy
consumption associated with PSD, the study combined azeo-
tropic distillation with PSD and employed a sequential iteration
method to optimize the process. Furthermore, the integration of
heat integration technology and heat pump energy-saving tech-
nology minimized energy consumption. Moreover, You et al. [24]
introduced an environmentally friendly and energy-saving PSD
process through a systematic approach. This method utilized
temperature—composition diagrams to preliminarily determine
the operating pressure and separation sequence, and evaluated
the sustainability of the process by minimizing the total life cycle
cost. The application of heat integration and heat pump tech-
nologies further enhanced energy savings and process sustain-
ability. Compared to azeotropic and ED, PSD not only simplifies
the process by eliminating the need for a third component but
also effectively reduces energy consumption through heat cou-
pling. Studies have shown that for the same binary azeotropic
system, PSD can save more energy than conventional azeotropic
distillation when pressure changes significantly affect the azeo-
tropic composition [25—27]. This makes PSD an efficient, energy-
saving, and environmentally friendly separation method with
broad application prospects [28,29].

The present study investigates the materials of methanol—VAC
ED and methanol recovery process in the polyvinyl alcohol oper-
ation department of a chemical enterprise. The energy max-
imization utilization (MEU) network mathematical model is
adopted for the research, in conjunction with the energy-saving
technology of heat exchange in the middle of distillation. The
Aspen process simulation software is employed to conduct a

comprehensive analysis of the methanol—VAC system. The pri-
mary focus of the research is the investigation of the PSD system,
with the aim of assessing its feasibility in this context and iden-
tifying the key process parameters through detailed process sim-
ulation of the PSD separation process. The study is expected to
provide substantial data support and a theoretical foundation for
the PSD process in the methanol—VAC system.

2. Steady State/Dynamic Control and Energy Saving
Optimization Strategy of Energy Network Based on
Mathematical Model

2.1. Construction of mathematical model for steady state control of
distillation

In Aspen Plus, steady-state simulation, which assumes that the
process is at equilibriumwith all operational variables and process
parameters remaining constant over time, serves as the founda-
tion. This type of simulation is particularly valuable for predicting
and optimizing material and energy balances during the design
phase and in existing production processes.

Aspen Plus employs the sequential modular approach for
computational convergence. This method is based on unit mod-
ules, which typically correspond one-to-one with process units.
These unit modules are subprograms developed based on the
mathematical models and solution algorithms of the respective
process units and have a unidirectional characteristic. Starting
from the system feed stream, calculations are performed
sequentially through each unit module. The output stream vari-
ables from one unit module serve as the input variables for the
next adjacent unit. This sequential calculation continues until the
system's output streams are determined, yielding all stream
variables (i.e., state variables) within the process system. Typi-
cally, input stream variables and unit module parameters (e.g.,
reflux ratios, geometric dimensions) are used as decision varia-
bles. The sequential modular approach is closely related to the
structure of the process system. For systems with feedback
connections (non-separable subsystems), tearing and con-
vergence techniques are necessary. For example, consider the
simple process flow diagram shown in Fig. 1. Stream S1, together
with stream S4 from the outlet of module C, enters module A and
produces stream S2. Stream S2 then passes through module B to
generate stream S3, which subsequently enters module C to
produce streams S5 and S4. The equation sets for modules A, B,
and C (outputs S4) are denoted as F1, F2, and F3, respectively. As
illustrated, S2, S3, and S4 form a loop. According to the tearing
rules of the sequential modular method, S4 is torn for iteration. In
the simulation, S4 is divided into the output result S4 and the
initial value S4’. Initially, S4′ is assigned an initial value, and
calculations are performed according to each module's rules to
obtain the output result S4.

Fig. 1. Sequential module fracture rule.
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S2 = F1(S4′; S1) (1)

S3 = F2(S2) (2)

S4 = F3(S3) (3)

S3 = F2[F1(S4′; S1)] (4)

S4 = F3{F2[F1(S4′; S1)]} (5)

In the sequential modular approach, the result S4 is compared
with the initial value S4′. If the error between them is less than ε
(the iteration tolerance), the iteration is successful. If the error
exceeds ε, the initial value for the second iteration is set to the
result of the first iteration, and a new result is calculated. This
process repeats until the error is within the tolerance. This method
is known as direct iteration in the sequential modular approach,
with the specific iteration criteria illustrated in Fig. 2.

2.2. Construction of mathematical model for dynamic control of
distillation

In industrial practice, distillation systems are often affected by
various disturbances, such as fluctuations in feed flow rate and
changes in feed composition. To precisely control the quality of the
distillate and maintain operational stability, Aspen dynamics
process simulation software provides valuable theoretical guid-
ance and practical reference. By simulating dynamic processes, it
helps optimize operational parameters, enhance production effi-
ciency, ensure consistent product quality, and thereby strengthen
market competitiveness.

2.2.1. Mathematical model for dynamic control of tower kettle
The dynamic control system is designed to fully account for the

influence of time parameters on the operating process. Specifi-
cally, as shown in Fig. 3, the dynamic process on the heating
medium side of the reboiler can be expressed as follows:

dTR
dt

= wR(ΔHFin − QR) (6)

And the dynamic process of reboiler heat load is

dQR
dt

= FRKRSR

[
dTR
dt

−
1
2

(
dTW
dt

+
dTN
dt

)]

(7)

where the parameters are: QR (kJ) is reboiler heat load; TR (K) is
reboiler temperature of the heating medium; wR is reboiler

correlation coefficient; FR (kmol·s− 1) is reboiler flow rate of the
vapour; KR is reboiler heat transfer coefficient; SR (m2) is reboiler
heat transfer area; TW (K) is the kettle temperature; TN (K) is
temperature of the last plate; ΔH (kJ·kmol− 1) is latent heat of
vaporization of steam.

Materials accountancy:

dM
dt

= Lin − Lout − V (8)

Energy accountancy:

d
(
MHL

)

dt
= LinH

L − LoutHL − VHV + Qin
(9)

Associative Eqs. (8) and (9) are collapsed to give:

dHL

dt
=
Qin − V

(
HL + HV

)

M
(10)

where the parameters are:M (kmol·s− 1) is volume of liquid held in
the tower kettle; HL (kJ·kmol− 1) is specific enthalpy of the liquid

Fig. 2. Iterative process of sequential module method.

Fig. 3. Diagram of reboiler and kettle extraction.

Fig. 4. Diagram of condenser and reflux drum.

X. Feng et al. / Chinese Journal of Chemical Engineering 85 (2025) 167—181 169



phase; HV (kJ·kmol− 1) is specific enthalpy of the vapour phase; Qin
(kJ·s− 1) is heat input; Lin (kmol·s− 1) is liquid phase flow rate into
the tower kettle; Lout (kmol·s− 1) is liquid phase flow rate out of the
autoclave.

2.2.2. Mathematical modelling of tower top dynamic control
As shown in Fig. 4, materials accountancy for the top reflux

tank of the tower:

dMD

dt
= LC − LR − DL =

QC
ΔHV

− LR − DL (11)

where the parameters are: MD (kmol·s− 1) is liquid holding
capacity of the reflux tank; LC (kmol·s− 1) is flow rate of the liquid
phase in the condenser; LR (kmol·s− 1) is flow rate of liquid phase
reflux; DL (kmol·s− 1) is flow rate of liquid phase extraction; QC
(kmol·s− 1) is cooling input; ΔHV (kJ·kmol− 1) is latent heat of
vaporization.

For tower top pressure:

VDrum
RTR

dp
dt

= VNT − LC − DV = VNT −
QC

ΔHV
− DV (12)

where the parameters are: VDrum (kmol·s− 1) is flow rate of the
vapour phase in the reflux tank; TR (K) is temperature of the
condenser; R (J·kmol− 1·K—1) is ideal gas constant; VNT (kmol·s− 1)
is vapour phase flow rate from the first plate into the condenser;
DV (kmol·s− 1) is flow rate of vapour phase extraction.

Laplace transformation of Eqs. (11) and (12):

P(S) =

⎡

⎢
⎢
⎣

−
RTR

VDrumΔHV
S

⎤

⎥
⎥
⎦QC(S) +

⎡

⎢
⎢
⎣

−
RTR

VDrumΔHV
S

⎤

⎥
⎥
⎦DV(S) + [0]LR(S)

(13)

MD(S) =

⎡

⎢
⎢
⎣

1
ΔHV
S

⎤

⎥
⎥
⎦QC(S) + [0]DV(S) +

[
− 1
S

]

LR(s) + [0]LR(S) (14)

where S = a+ b̂i is a complex number.
From the above analysis, it can be seen that the liquid level of

the reflux tank is related to the condenser load and reflux flow rate
at the top of the tower, and the liquid level of the reflux tank is
related to the liquid-phase extraction, not related to the vapour-
phase extraction; the pressure at the top of the tower is related
to the condenser load and vapour-phase extraction.

2.3. Construction of a MEU model for multi-scale, multi-objective
optimization

The distillation process is a high-energy consuming part of
chemical production. By establishing a mathematical model, the
operating parameters of the distillation column (e.g. reflux ratio,
temperature at the top of the column, temperature at the bottom
of the column, etc.) can be optimized so as to reduce energy con-
sumption. In the chemical separation process, there are complex
and dynamic energy exchanges between key units, such as sepa-
ration equipment and heat exchangers, at different time and space
scales. In order to optimize this process systematically, a multi-
scale and multi-objective MEU network model is proposed in
this paper. The model aims to simultaneously optimize the
energy recovery efficiency, equipment investment costs and

environmental impacts to achieve sustainable development of
chemical processes.

The present study focuses on the distillation column, a key
chemical unit, and constructs a comprehensive multi-objective
optimization framework by considering several key operating
parameters (e.g. distillate flow rate, reflux ratio, theoretical
number of plates, number of feed plates, etc.). The employment of
advanced multi-objective optimization algorithms, such as
genetic algorithms (GA) and particle swarm optimization (PSO),
facilitates the global optimization of the distillation process.
These algorithms adeptly balance competing objectives, thereby
identifying optimal solutions that satisfy diverse optimization
criteria.

The multi-dimensional optimization analysis of this study
provides theoretical guidance for the energy coupling between
distillation columns and heat exchange equipment, with the
objective of maximizing heat recovery efficiency and consequently
achieving a significant reduction in energy consumption within
the context of the chemical process. This, in turn, enables the
realization of the overarching goal of energy saving and con-
sumption reduction. Furthermore, the multi-scale characteristics
of the model enable it to adapt to the energy exchange charac-
teristics in different time and space scales, thereby further
enhancing the universality and practicality of the model.

As shown in Fig. 5, QH
ik is the heat load of logistics i entering at

temperature interval k, which can be expressed as

QH
ik = Fi ×

(
Cp

)

ik × ΔTik (15)

where the parameters are: F is mass flow rate; Cp is heat capacity
in a certain temperature interval; ΔT is temperature difference in a
certain temperature interval.

QC
jk is the load of cold flow j with the outflow temperature

interval k, which can be expressed as

QC
ik = Fj ×

(
Cp

)

jk × ΔTjk (16)

QS
mk is the load of the thermal utility logistics m entering the

temperature interval k, which can be expressed as

QS
mk = FSm × Δhmk (17)

where the parameters are: FS is mass flow rate of utility logistics;
ΔT is enthalpy change of utility logistics in a certain temperature
interval.

Qw
nk is the load of cold utility logistics n for outflow temperature

interval k, which can be expressed as

QW
nk = FWn × Δhnk (18)

The total energy balance equation is then

Fig. 5. Heat flow diagrams for each temperature interval.
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Rk − Rk− 1 +
∑

nϵWk

FWn × Δhnk −
∑

nϵSi

FSnΔhnk =
∑

iϵHi

QH
ik −

∑

jϵCi

QC
jk

(19)

where R is residual heat at the outflow temperature interval.
The cost of utility work is

Z =
∑

mϵS

Sm × Fsm +
∑

nϵW

Wn × FWn (20)

where the parameters are: S is thermal utility work pool; Sm is unit
price of hot utility work; W is cold utility work collection; Wn is
unit price of cold utility work.

Then the linear programming problem for the lowest utility
cost is

Minimize Z =
∑

mϵS

Sm × Fsm +
∑

nϵW

Wn × FWn (21)

S.t.

Rk − Rk− 1 +
∑

nϵWi

FWn × Δhnk −
∑

mϵSi

FSnΔhnk =
∑

iϵHi

QH
ik −

∑

j=Ci

QC
jk

(22)

where there is no residual flow inflow for the first temperature
interval andno residualflowoutflowfor the last interval, soR0=Rk= 0.

Assuming that there are (NL—1) pinch points in the system, the
whole process is divided into NL sub-networks, and the corre-
sponding subset of temperature intervals for each sub-network
can be denoted as SNL, with l = 1, 2 ∙∙∙, NL. The matching of
heat transfer between streams has to be confined within each sub-
network, otherwise the pinch points will have energy passing
through them, i.e., increase the amount of utility work.

The objective function for the lowest number of heat transfer
units is

Minimize N =
∑NL

i=1

∑

iϵHi

∑

jϵCi

eijl × Yijl (23)

S.t.

Rk − Rk− 1 +
∑

j∈Clk

Qijk = QH
ik (24)

∑

i∈Hlk

Qijk = QC
jk (25)

∑

k∈SNL

Qijk = QC
jk (26)

∑

k∈SNL

Qijk − UijkYijk ≤ 0 (27)

where the parameters are: eijl is the priority degree of matching
heat transfer between logistics, generally can be taken as 1; Yijl is
whether the matching heat transfer between hot logistics i and
cold logistics j exists in the sub-network; when the hot and cold
logistics arematched, Y= 1, when the hot and cold logistics cannot
be matched, Y = 0; Uijk is the upper bound of possible heat

exchange, i.e. min

{
∑

k∈SNL
QH
ik ;

∑

k∈SNL
QC
jk

}

.

In summary, the operating and equipment costs of the system
are weighed and the network with the lowest total cost is selected
as the final heat transfer network.

2.4. Modelling of techno-economic benefits

The total annual cost (TAC) is commonly employed for evalu-
ating the economic viability of chemical separation processes.
Consequently, this study adopts the minimization of TAC as the
optimal outcome. The detailed calculation method for TAC was
obtained by consulting relevant literature [30] and has been
widely applied in the field. The expression for TAC is presented in
Eq. (28)

TAC = TIC+ TOC (28)

In the equation, total installed cost (TIC) represents the annual
equipment cost, which only considers the main equipment of the
distillation system, including the tower shell, trays, and heat
exchangers. The costs of reflux drums, pumps, and valves are
neglected due to their insignificance compared to those of the
tower and heat exchangers. Total operating cost (TOC) represents
the annual operating cost, which only considers the expenses of
heating steam, cooling water, and electricity consumption.

Table 1 presents the detailed formula for calculating the TAC.
For tower equipment costs, the tower height is determined based
on the number of trays, with an inter-tray spacing of 0.61 m. The
tower diameter is obtained from Aspen Plus software. Once the
tower height and diameter are determined, the main equipment
cost of the tower can be calculated. For heat exchanger cost cal-
culations, the simulation results provide the thermal loads. The
heat transfer coefficients are set at 0.852 kW·m− 2·K—1 for the
condenser and 0.568 kW·m− 2·K—1 for the reboiler. The heat
transfer area is calculated based on the temperature difference,
which allows for the determination of the heat exchanger equip-
ment cost.

The unit prices for different steam pressures are as follows:
low-pressure steam (160 ◦C) at 7.72 USD·GJ− 1, medium-pressure
steam (184 ◦C) at 8.22 USD·GJ− 1, and high-pressure steam
(260 ◦C) at 9.88 USD·GJ− 1. The formula for calculating steam costs
is shown in Table 1.

In Table 1, for calculating the tower body equipment cost factor
(FC), FC]Fm × FP, where Fm = 3.67 and FP is obtained from Table 2.
For the tower tray equipment cost FC, FC]FS + Ft + Fm, with
FS= 1.0, Ft= 0 (for sieve trays), and Fm= 1.7. For the heat exchanger
cost FC, FC = (Fd + FP) × Fm, where Fm = 3.75, Fd = 1.35 (for
reboilers), Fd= 0.8 (for fixed-tube-sheet heat exchangers), and FP is
from Table 3. QR and QC (kW) are the reboiler and condenser
duties, λV (kJ·kg− 1) is the latent heat of vaporization, and CS
(USD·kg− 1) is the heating steam cost. M&S denotes the Marshall&
Swift cost index, set at 1638.2.

3. Results and Discussion

3.1. Feasibility submissions

In this study, a distillation dynamic control mathematical
model, a MEU network model and a techno-economic efficiency
model were combined to optimize the separation process of a
methanol—VAC systemwith the aid of Aspen Plus. The accuracy of
the Aspen Plus process simulation is contingent on the accuracy of
the thermodynamic phase equilibrium calculations, and the
choice of physical properties method and the reliability of the
binary interaction parameters are directly related to the accuracy
of the simulation results.

The methanol—VAC system, being a polar system devoid of
electrolytes, necessitates reliable gas—liquid phase interaction
parameters for the purpose of simulation. The thermodynamic
methods most frequently applied to this system include theWilson,
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NRTL, and UNIQUAC physical methods. The Wilson and NRTL
methods are characterized by a broad range of applicability and high
computational accuracy. However, the Wilson method is unable to
calculate activity coefficients at liquid—liquid equilibrium, rendering
it unsuitable for liquid—liquid layered systems. Conversely, the
UNIQUAC method is more appropriate for systems with significant
molecular size disparities. The NRTL propertymethod is particularly
well-suited for the simulation of the methanol—VAC system, due to
its applicability in liquid—liquid equilibrium calculations and its
capacity to accurately describe polar systems.

PSD is a method of achieving effective separation by shifting the
azeotropic point of an azeotropic system by changing the operating
pressure. The key prerequisite for its application is that the azeo-
tropic point can be disappeared by adjusting the pressure within a
reasonable pressure range, or the molar fraction of the components
in the azeotropic composition can be changed by more than 5%. The
boiling points, azeotropic temperatures and azeotropic composi-
tions of methanol—VAC systems at varying pressures have been
calculated by the NRTL method and are displayed in Table 4.

As shown in Table 4, an experiment was conducted to ascertain
the effect of pressure on the azeotropic composition. It was found
that therewas a decrease in the content of VAC of 13.93% when the
pressure increased from 30 to 500 kPa. This indicates that the
azeotrope belongs to the system that is more sensitive to pressure
changes. Furthermore, it has been demonstrated that VAC does not
undergo polymerization even when subjected to heating con-
ditions below 120 ◦C and in the absence of oxygen [5,6]. Con-
sequently, based on thermodynamic and kinetic analyses, the
methanol—VAC system is deemed to be a viable candidate for
azeotropic separation through the implementation of PSD.

3.2. Construction of PSD process flow

PSD is a specialized distillation technique that utilizes the
principle of regulating the azeotropic composition of azeotropes
by varying the pressure to achieve an efficient separation process.

The selection of the operating pressure is a pivotal factor in the
context of PSD. On the one hand, it is essential to assess the extent to
which the pressure change affects the azeotropic composition; on
the other hand, it is also necessary to take into account the pressure
resistance of the equipment to avoid excessive pressure. It is
imperative tonote that elevatedpressure levels canpotentially result
in an escalation in the financial outlay required for the acquisition of
thenecessaryequipment. Conversely, inadequatepressuremayhave
a deleterious effect on the efficiency of separationprocesses, thereby
exerting a negative influence on the overall operational costs. Con-
sequently, it can be deduced that the selection of an optimal oper-
atingpressure constitutes the fundamental prerequisite for ensuring
the economic and efficient operation of PSD processes.

In accordancewith theprincipleof PSD, it is imperative to augment
thepressuredifferentialbetweenthe twotowers to thegreatestextent
possible within a reasonable range. This approach is conducive to
enhancing the separation efficiency of azeotropes. As illustrated in
Table 4, the operating pressure of the low-pressure column can be
set at 30 kPa, resulting in an azeotropic temperature of 31.08 ◦C. This
condition allows for the condenser at the tower's summit to be cooled
using chilled water. When considered in conjunction with the
gas—liquid equilibrium curves of the methanol—VAC system at vary-
ing pressures, as illustrated in Fig. 6, it is evident that the azeotropic
compositionundergoesa lesserdegreeofalterationwhenthepressure
is elevated from400 to 800 kPa. Consequently, the operating pressure
of the high-pressure column can be selected to be 400 kPa, at which
time the azeotropic temperature is 100.23 ◦C. Based on these findings,
thegasphaseat the topof thehigh-pressurecolumncanbeusedas the
heat source of the low-pressure column, and if the heat is insufficient,
400 kPa steam can be used additionally.

The composition of the material to be separated is shown in
Table 5. In view of the fact that the feed contains only small
amounts of light components, such as acetaldehyde, a condenser is
installed at the top of the low-pressure column to achieve effective
removal of these light components. Furthermore, due to the
minimal water content in the feed, the moisture content of
methanol in the autoclave of the low-pressure column is mar-
ginally higher than anticipated. Consequently, the crude methanol
from the autoclave necessitates additional transportation to the
recovery tower for distillation.

As illustrated in Fig. 6 the designed methanol—VAC PSD process
flow is characterized by the following parameters: an operating
pressure of 30 kPa for the low-pressure column and 400 kPa for the
high-pressure column. The feed stream S1, having undergone pre-
heating in the heat exchanger, is amalgamated with the recycle
stream extracted from the uppermost level of the high-pressure
column, subsequently entering the low-pressure column in unison.
The crude methanol extracted from the nadir of the low-pressure

Table 1
TAC calculation formula.

Items Calculation formulas

Equipment cost/USD·a− 1 Tower height H = 1:2× 0:6096× (NT − 2) (29)
Tower equipment cost

C1 =

(
M&S
280

)

× 937:636× ID1:066 × H0:802 × (2:18+ FC) (30)

Tray equipment cost
C2 =

(
M&S
280

)

× 97:243× ID1:55 × H × FC (31)

Heat transfer area of condenser
AC =

QC
KCΔTC

(32)

Condenser cost
C3 =

(
M&S
280

)

× 474:668× A0:65C × (2:29+ FC) (33)

Reboiler heat transfer area
AR =

QR
KRΔTR

(34)

Reboiler cost
C4 =

(
M&S
280

)

× 474:668× A0:65R × (2:29+ FC) (35)
Operating cost/USD·a− 1

Steam
Cs =

QR
λV

×3600× 8000 (36)

Table 3
The value of FP in tray cost calculation.

Pressure/kPa ≤1033.515 2067.03 2756.04 5512.08

FP 0.00 0.10 0.25 0.52

Table 2
Values of FP in tower cost calculation.

Pressure/kPa ≤344.505 689.01 1378.02

FP 1.00 1.05 1.15
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column is amalgamated with the crude methanol derived from the
other units, and is directed towards third recovery tower for the
purpose of further separation of the methanol from the minor
quantity ofwater. Concurrently, themethanol—VAC azeotrope at this
pressure is extracted in liquid phase at the top of the low-pressure
column, and this material, after mixing with the VAC from the
other units, enters the high-pressure column. Due to the change in
pressure, the azeotropic composition also changes. In the high-
pressure column, the composition of stream S9 at the tower's sum-
mit is proximate to the azeotropic composition at the novel pressure.
Refined VAC iswithdrawn via a sidestream in themedial and inferior
regions of the tower, and the polymerization inhibitor is taken at the
tower's base.

As shown in Table 6, the fluctuations introduced by initializa-
tion are minimal, and the deviation between the steady-state
initial results and the dynamic initial results is negligible. Con-
sequently, this study prioritizes the use of Aspen Plus steady-state
simulation due to its computational efficiency and simplicity.

3.3. Pressure swing distillation process simulation and
optimization analysis

3.3.1. Simulation model construction
In this study, an in-depth analysis of the proposed scheme was

conducted using Aspen Plus process simulation software, and the

specific simulation process is shown in Fig. 7. In the simulation
process, the RadFrac model was selected for all distillation col-
umns and the heatermodel was employed for the heat exchangers.
The NRTL physical property method was employed for the simu-
lation calculations, and the mass fractions of the separated prod-
ucts, VAC and methanol, were specified to be not less than 99.7%
and 99.6%, respectively.

3.3.2. Synergistic study of sensitivity analysis and parameter
optimization

During PSD, the composition of the feed from the top of the
reducing and high-pressure column approximates the azeotropic
composition at their respective operating pressures. Given that the
feed to the high-pressure column originates from the top of the
low-pressure column, it is possible to set the feed composition and
temperature of the high-pressure column to the azeotropic com-
position and azeotropic temperature at the operating pressure of
the low-pressure column. The primary parameters influencing the
separation efficacy and energy consumption of the high-pressure
column encompass the theoretical number of plates, the feed
position, the reflux ratio, and the side mining position. Given the
nature of methanol—VAC as a homogeneous azeotrope, the
DSTWU module is not applicable for estimating parameters such
as the theoretical number of plates and the minimum reflux ratio
necessary for distillation. Consequently, the present study has
opted for a sensitivity analysis of the aforementioned operating
parameters, employing the Aspen Plus software to ascertain the
most optimal process parameters.

In the selection of the sidestream withdrawal position in the
high-pressure column, the reflux mass ratio was initially set to
0.58, the feed position was determined as the theoretical number
of trays minus 11, and the sidestream position was set to the
theoretical number of trays minus 4, with all other process
parameters maintained at their original values. The sidestream
position was optimized by prioritizing regions within the column
where the gas phase exhibited a high concentration of VAC and the
liquid phase contained minimal polymerization inhibitor, thereby
ensuring that the VAC purity in the sidestream met the technical
specifications while optimizing steam consumption and capital
expenditure. Subsequently, the theoretical number of trays in the
high-pressure column was adjusted to examine its impact on
steam usage and the VAC content in the sidestream, with the
results illustrated in Fig. 8. The study demonstrated that adjusting
the theoretical number of trays could significantly reduce steam
consumption while maintaining separation efficiency, thereby
enhancing the economic viability and sustainability of the process.

As demonstrated in Fig. 8, when the number of theoretical
plates is less than 27, the content of side-mined VAC increases
significantly with the increase of the number of theoretical plates,
while the steam usage decreases rapidly. However, when the
number of theoretical plates exceeds 27, the changes in the

Table 4
Boiling point, azeotropic temperature and azeotropic composition at different pressures.

Pressure/kPa Boiling points/◦C Azeotropic temperature/◦C Azeotropic mass composition/%

Methanol VAC Methanol VAC

30 36.51 40.31 31.08 34.84 65.16
40 42.65 47.33 37.32 35.87 64.13
100 64.19 72.29 59.30 39.59 60.41
150 74.88 84.93 70.21 41.52 58.48
200 82.84 94.58 78.45 43.01 56.99
300 94.99 109.18 90.82 45.36 54.64
400 104.07 120.51 100.23 47.20 52.80
500 111.21 129.82 107.91 48.77 51.23

Fig. 6. Methanol—VAC gas—liquid equilibrium diagrams at different pressures (X/Y
represents the molar content of methanol in the liquid/gas phase).
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content of side-mined VAC and steam usage stabilize and no lon-
ger fluctuate significantly. The separation efficiency and equip-
ment cost were taken into consideration, and it was determined
that the optimum number of theoretical plates for the high-
pressure column was 28.

Under these conditions, it was found that the mass content of
VAC could reach 99.7%, while the steam usage was kept at a low
level. The effects of feed position on product quality and steam
consumption were investigated further, under the premise of
setting the theoretical number of tower plates to 28 and keeping
other parameters unchanged. The results of the simulation anal-
ysis are shown in Fig. 9.

As observed in Fig. 9, a gradual downward shift in the feed
position of the high-pressure column resulted in a slow increase
and subsequent sharp decrease in the mass fraction of VAC
extracted from the side. The underlying reason for this phenom-
enon can be attributed to the fact that, when the feed position is
situated close to the apex of the tower, the theoretical number of
plates within the distillation section is found to be minimal,
thereby hindering effective separation. Conversely, when the feed
position is in close proximity to the kettle, the theoretical number
of plates within the distillation section is also found to beminimal,
which is also detrimental to the separation process. Furthermore,
the downward shift of the feed position results in an increase in

Table 5
Composition of feed after initial process treatment of methanol—VAC.

Item Methanol
—VAC

Other units
VAC

Recovery of crude methanol from second
tower

Recovery of crude methanol from forth
tower

Depolymerization
agent

Volume/t·h− 1 24.9 1.22 9.02 7.42 0.33

Mass
composition/%

Water 0.6 1.40 79.79 11.73
Methyl
acetate

1.00 0.003 3.6 × 10− 4

Methanol 42.0 20.18 88.26
Acetaldehyde 0.2 3.8 × 10− 8

VAC 57.1 96.60 Trace
Acetone 0.1
Benzoquinone 1.00

Table 6
Comparison between the steady-state initial results and the dynamic initial results.

Item Low-pressure column Item High-pressure column

Steady-state initial
value

Dynamic initial
value

Deviation/
%

Steady-state initial
value

Dynamic initial
value

Deviation/
%

Top temperature/◦C 33.598 33.598 0.000 Top temperature/◦C 99.615 99.615 0.000
Kettle temperature/◦C 48.125 48.128 0.006 Kettle temperature/◦C 128.069 128.068 − 0.001
Top of the tower distillation/

t·h− 1
14.3200 14.3201 0.001 Top of the tower distillation/

t·h− 1
14.0600 14.0601 0.001

Tower bottom w(CH3OH)/% 91.6510 91.6601 0.001 Side-stream w(CH3OH)/% 2.2307 2.2307 0.000
Tower bottom w(VAC)/% 2.0720 2.0718 − 0.010 Side-stream w(VAC)/% 94.6102 94.6168 0.007

Fig. 7. Methanol—VAC PSD process flow.
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the load on the reboiler. However, with a feed position between 13
and 16 theoretical plates, the mass fraction of VAC extracted from
the sidewas able tomeet the established separation requirements.
Considering the separation index and energy consumption, the
optimal feeding position of the high-pressure column is deter-
mined to be the 15th theoretical plate. At this point, the VAC mass
content in the sidetracked material reached its highest value of
99.73%.

In the simulation process, the number of theoretical plates was
set to 28 plates, and the 15th theoretical plate was selected as the
feed plate. Under the premise of ensuring that other operating
parameters remain constant, the influence of reflux ratio on
product quality and steam consumptionwas investigated in depth,
and the relevant simulation results are shown in Table 7. After
analyzing the data in Table 7, it can be found that increasing the

reflux ratio significantly improves the product quality. However,
an increase in the reflux ratio will also lead to an increase in the
load of the gas and liquid phases in the tower, which in turn will
increase the load on the reboiler. The simulation results demon-
strate a rapid increase in the content of VAC in the side-mined
material with an increase in the reflux ratio, followed by a grad-
ual stabilization of the change pattern. When the objective is to
ensure a VAC content in the sidetracked material of 99.73%, it can
be concluded that, under the condition of a reflux ratio of 0.55, the
load borne by the reboiler is relatively small.

The extraction of the product from the sideline is known to
result in the production of VAC, thereby directly impacting prod-
uct quality and energy consumption. Setting the number of theo-
retical plates at 28, the feed position at the 15th theoretical plate,
and the reflux ratio at 0.55, the influence of the position of the

Fig. 8. Impacts of theoretical plate number of high-pressure column on vapour pressure and VAC mass content extracted from sideline.

Fig. 9. Impacts of high-pressure column feed location on steam pressure and VAC mass content extracted from sideline.
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sideline extraction on product quality and steam consumptionwas
investigated further. The results of the related simulation analyses
are shown in Fig. 10.

As demonstrated in Fig. 10, the 15th theoretical plate is des-
ignated as the feed plate, and the section of the tower above the
feed plate is designated as the distillation section. This section

Table 7
Influence of return flow rate on the quality of sideline of VAC.

Reflux ratio Number of theoretical plates Feed position VAC mass fraction/% Steam consumption/t·h− 1

0.30 28 15 96.83 27.592
0.35 28 15 97.36 28.465
0.40 28 15 97.70 28.876
0.45 28 15 98.59 29.054
0.50 28 15 99.64 29.351
0.55 28 15 99.73 29.522
0.60 28 15 99.66 29.972

Fig. 10. Impacts of high-pressure column sidetracking location on steam usage and VAC mass content extracted from sideline.

Fig. 11. Impacts of the theoretical plate number of a low-pressure column on the main indexes.
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primarily contains the light components of the feed and the
methanol—VAC azeotrope. Conversely, the section of the tower
below the feed plate is designated as the lifting section, which is
responsible for thickening the recombined components. In the
case of the sidetracking position being situated below the 15th
theoretical plate, the content of VAC in the sidetracking material is
found to be minimal, and there is negligible change in its content
upon alteration of the sidetracking position. However, when the
sidetracking position is situated above the 15th theoretical plate,

the content of VAC in the sidetracking material increases rapidly,
and subsequently stabilizes in the vicinity of the kettle position.

In consideration of the fact that the VAC recovered from the
high-pressure column will be utilized in the polymerization
reaction, it is imperative to minimize the content of polymer-
ization inhibitor in the sidetracked material. Furthermore, given
that the polymerization reaction of VAC is liquid phase polymer-
ization, it is more appropriate to adopt the gas phase extraction
method in the sideline. The optimal extraction location for the

Fig. 12. Impacts of low-pressure column feed position on key indicators.

Fig. 13. Impacts of low-pressure column reflux ratio on key indicators.

Table 8
Process parameters for low-pressure and high-pressure columns.

Tower Theoretical plate number Feed plate Pressure at the top of the tower/kPa Reflux ratio Lateral mining position

Low-pressure column 29 12 30 0.625
High-pressure column 28 15 400 0.55 24
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sideline is thus determined to be the 24th theoretical plate, as
evidenced by the analyses conducted.

In the chemical production process, the separation effect of the
low-pressure column is influenced by several key parameters. In
addition to the theoretical plate number, feed position and reflux
ratio of these common factors, the circulation volume is also a
significant parameter that cannot be disregarded. Given the direct
impact of the low-pressure column's separation effect on the
quality of products extracted from the side of the high-pressure
column, it is imperative to consider the impact of each parame-
ter on the main indicators of both the low-pressure and high-
pressure columns concurrently when optimizing the operating
parameters of the low-pressure column. The sensitivity analysis
process of the low-pressure column is analogous to that of the
high-pressure column. Specifically, the effects of the theoretical
number of plates, the feed position and the reflux ratio of the low-
pressure column on the main indexes are shown in Figs. 11—13,
respectively.

A comprehensive analysis of the data from Figs. 11—13 was
conducted to determine the optimum process parameters of the
low-pressure column. The following parameters were determined
to be optimal: the number of theoretical plates was 29, the feed
position was located in the 12th theoretical plate, and the reflux
ratio was set at 0.625. This finding was then corroborated by the
simulation calculation of methanol—VAC distillation under varia-
ble pressure, which was undertaken to determine the optimum
operating parameters of the low-pressure and high-pressure col-
umns. The optimal operating parameters of the low-pressure and
high-pressure columns are summarized in Table 8.

3.4. Simulation of the whole process of pressure swing distillation

The results of the optimization of the parameters of both the
low-pressure and high-pressure columns were then used to con-
duct a full-flow simulation of the methanol—VAC PSD process.
Given the critical role that the concentration distribution in the
column plays in the design and operation of distillation columns,
the mass fraction distribution of the gas and liquid phases in each
theoretical plate in the low-pressure and high-pressure columns

was studied in depth. The gas—liquid phase concentration dis-
tribution in the low-pressure column, the gas—liquid phase con-
centration distribution in the high-pressure column, and the
results of the simulation of PSD are shown in Figs. 14 and 15 and
Table 9, respectively.

As illustrated in Figs. 14 and 15, the gas—liquid phase com-
position at the summit of both towers approaches the azeotropic
composition, attributable to the negligible presence of light
components such as acetaldehyde in the feed. In the upper and
middle regions of the tower, the mass fraction of gas—liquid
phase components exhibit a more gradual change. For the low-
est binary azeotrope, an increase in pressure results in an
increase in the proportion of components with higher molar
latent heat of vaporization in the azeotropic composition. Based
on this principle, in the low-pressure column, the methanol
content in the lower part of the tower increases rapidly and then
levels off, while the VAC content in the middle and lower parts
of the high-pressure column shows a rapid increase and then
levels off. Furthermore, a slight decrease in VAC content in the
liquid phase of the high-pressure column kettle is observed,
attributable to the relative increase in polymerization inhibitor
content in the kettle following the extraction of VAC from the
gas phase of the sideline. In summary, the process of PSD allows
the final methanol product to be obtained at the bottom of the
high-pressure column, while the VAC product is extracted from
the middle and lower sideline of the high-pressure column. As
illustrated in Table 9, the methanol content of the methanol
extracted from the bottom of the low-pressure column can reach
up to 99.64% when employing the PSD process, and the resultant
refined methanol can attain a purity level of 99.88% through
straightforward treatment in the third recovery tower. Con-
currently, the quality fraction of VAC extracted from the side of
the high-pressure column can reach up to 99.73%, and the
quality of these recovered products is found to fully meet the
requirements of the technical indicators. As shown in Table 10,
compared with ED in the literature [3—5], PSD can save
9.07 t·h− 1 steam and reduce wastewater by 20.77 t·h− 1.

As shown in Table 11, assuming a fixed capital payback period of
3 years and an annual operating time of 8000 h, the TAC of both the

Fig. 14. Impacts of low-pressure column sidetrack location on steam usage and sidetrack VAC mass content.

X. Feng et al. / Chinese Journal of Chemical Engineering 85 (2025) 167—181178



Fig. 15. Distributions of gas—liquid phase mass concentration in high-pressure column.

Table 9
Simulation results of PSD.

Item Target Simulation

Low-pressure column Temperature at the top of the tower/◦C 27.5
Tower kettle temperature/◦C 45.8
Kettle composition/% (mass) Water 0.16

Methanol 99.64
VAC 0.066
Acetone 8.78 × 10− 5

Benzoquinone 0.14
0.4 MPa Steam consumption/t·h− 1 0.96

High-pressure column Temperature at the top of the tower/◦C 96.9
Tower kettle temperature/◦C 125.1
Lateral line kettle composition/% (mass) Water ≤0.04 3.7 × 10− 5

Methanol 0.11
Acetaldehyde ≤0.01 3.21 × 10− 3

VAC ≥99.7 99.73
Benzoquinone 0.001

Tower kettle VAC/% (mass) 92.48
Tower kettle benzoquinone/% (mass) 7.24
0.4 MPa Steam consumption/t·h− 1 31.51

Third recovery tower Temperature at the top of the tower/◦C 98.9
Tower kettle temperature/◦C 140.3
Tower top extraction composition/% (mass) Water ≤0.2 0.08

Methyl acetate ≤0.2 2.2 × 10− 4

Methanol ≥99.6 99.88
VAC 0.03
Acetone 6.67 × 10− 5

Tower kettle methanol/% (mass) ≤0.01 0.0018
Tower kettle extraction/t·h− 1 8.25
1.0 MPa Steam consumption/t·h− 1 26.83

Table 10
Comparison of steam usage and wastewater.

ED PSD

Steam consumption/t·h− 1 Waste water/
t·h− 1

Steam consumption/t·h− 1 Waste water/
t·h− 1

Second polymerization
tower

Third polymerization
tower

Second recovery
tower

Low-pressure
column

High-pressure
column

Third recovery
tower

7.45 7.79 53.11 29.02 0.96 31.51 26.83 8.25
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ED process reported in the literature [3—5] and the differential
pressure distillation process proposed in this study were calcu-
lated. The results indicate that the TAC of the differential pressure
distillation process developed in this study achieved a 7.91%
reduction compared to the ED process.

4. Conclusions

(1) The simulation of the methanol—VAC material system uti-
lising the NRTL physical properties method has demon-
strated its accuracy, reliability and effective application in
the analysis and study of this azeotropic system.

(2) The pressure change exerts a significant effect on the sys-
tem, with a concomitant decrease in the content of VAC in
the azeotrope with increasing operating pressure. This
outcome indicates that the azeotrope is a moderately
pressure—sensitive system and is suitable for separation by
PSD.

(3) The simulation calculation of the new methanol—VAC PSD
process was carried out by using Aspen Plus software, and
the results clearly showed that the PSD was able to achieve
the effective separation of methanol—VAC, so that the mass
fractions of methanol and VAC reached 99.88% and 99.73%,
respectively.

(4) Furthermore, under the premise of ensuring product quality,
the optimal operating parameters of each tower were deter-
mined as follows: the low-pressure column was equipped
with 29 theoretical plates, with the feed position at the 12th
theoretical plate and a reflux ratio of 0.625; and the pressur-
ised tower had 28 theoretical plates, with the feed position at
the 15th theoretical plate, a reflux ratio of 0.55, and the side
extraction position at the 24th plate.

(5) Compared with ED reported in the literature PSD demon-
strates significant energy and environmental benefits,
reducing steam consumption by 9.07 t·h− 1 and minimizing
wastewater generation by 20.77 t·h− 1.

(6) The results demonstrate that the TAC of the differential
pressure distillation process developed in this study exhibits
a superior economic performance, with a 7.91% reduction
relative to the ED process reported in the literatur, as
determined through detailed economic evaluation.

(7) The current study has completed Aspen Plus simulations for
vacuum and high-pressure column conditions at 30 kPa and
400 kPa, respectively. Future work will expand to multi-
pressure scenarios to evaluate energy consumption and eco-
nomic performance. This research will aim to optimize
industrial pressure ranges, balance key performance metrics,
and provide theoretical insights and practical guidance for
energy-efficient and sustainable separation process design.
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